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Abstract: Liquid organic hydrogen carriers (LOHC) are able to store hydrogen stably and safely in
liquid form. The carrier can be loaded or unloaded with hydrogen via catalytic reactions. However,
the release reaction brings certain challenges. In addition to an enormous heat requirement, the released
hydrogen is contaminated by traces of evaporated LOHC and by-products. Micro process engineering
offers a promising approach to meet these challenges. In this paper, a micro-structured multi-stage
reactor concept with an intermediate separation of hydrogen is presented for the application of
perhydro-dibenzyltoluene dehydrogenation. Each reactor stage consists of a micro-structured radial
flow reactor designed for multi-phase flow of LOHC and released hydrogen. The hydrogen is
separated from the reactors’ gas phase effluent via PdAg-membranes, which are integrated into
a micro-structured environment. Separate experiments were carried out to describe the kinetics
of the reaction and the separation ability of the membrane. A model was developed, which was
fed with these data to demonstrate the influence of intermediate separation on the efficiency of
LOHC dehydrogenation.
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1. Introduction
In the context of the energy transition, various technologies are investigated to store fluctuating
renewable energy over periods of varying lengths. In contrast to batteries, electrical energy can be
converted into chemical energy in the form of hydrogen by electrolysis. This hydrogen may serve
as a particularly clean and climate-neutral energy source for mobility and stationary applications in
the future. With approximately 33 kWh/kg, hydrogen has the highest mass related energy density of
all fuels. However, storage is difficult because the substance is a gas under atmospheric conditions
and has a low volumetric energy density. Common solutions such as compressed hydrogen at 350
or 700 bar (0.8 or 1.3 kWhth/LH2) and liquid hydrogen (2.4 kWhth/LH2) only provide partial benefits
due to the high-risk potential and the difficult handling. An alternative technology is the storage
of hydrogen in a so-called Liquid Organic Hydrogen Carrier (LOHC). The LOHC can be loaded
with hydrogen (LOHC+) or unloaded (LOHC-) by reversible hydrogenation. The LOHC serves as
a “deposit bottle” [1–4]. The continuous further development of the hydrogen network calls for a
technology that pursues a decentralized approach. For example, micro-structured dehydrogenators
with palladium membranes can be used in hydrogen filling stations, trains, or tankers to provide
high-quality hydrogen from compact dehydrogenation units.
The perhydro-dibenzyltoluene (18H-DBT, LOHC+)/dibenzyltoluene (0H-DBT, LOHC-) system
proves to be a promising LOHC since the aromatic compound can absorb up to nine molecules
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of hydrogen [5]. DBT is commercially used as a heat transfer fluid (e.g., Marlortherm SH from
Sasol) with a great availability. In addition to a storage density of 57 gH2/L18H-DBT (equivalent to
1.9kWhH2/L18H-DBT), the isomeric mixture is easy to store under atmospheric conditions due to its
high stability. Furthermore, the material system is flame-resistant, neither explosive nor toxic, and is,
therefore, not considered a hazardous good. This results in attractive opportunities to use the existing
infrastructure via tank trucks for the distribution of the LOHC [6–8].
The loading/unloading of the LOHC can only take place under certain conditions (pressure,
temperature) and in the presence of a catalyst. Thermodynamically favorable conditions for the release
are temperatures between 280–330 ◦C and pressures below 5 bar. Under these conditions, the LOHC is
dehydrogenated in the liquid state. During the reaction, a multiphase flow forms due to the released
hydrogen. Due to the stoichiometry of 9 molH2/mol18H-DBT, an enormous gas quantity forms even at
low conversion rates in comparison to the liquid amount. As a result, part of the LOHC evaporates due
to its non-negligible vapor pressure and is detectable in traces in the product gas despite subsequent
condensation. Furthermore, low-boiling by-products are also found in the product gas. In order to
supply hydrogen in high purity, e.g., for the operation of fuel cells, a purification step is necessary.
Good heat management is also crucial for high catalyst and reactor related hydrogen productivity.
Approximately 71 kJ/molH2 heat is required for the release, which leads to a huge heat demand when
the carrier is completely dehydrogenated (639 kJ/mol18H-DBT) [5].
Micro-process engineering offers two promising approaches—the use of a micro-structured
reactor allows an almost isothermal reaction environment, which prevents “cold spots” by limited
heat input. Furthermore, it has already been shown that Pd-based membranes benefit from a
micro-structured environment to separate hydrogen with high efficiency and purity from a gas
mixture [9–16]. The combination of membrane and reaction in microreactors has been demonstrated
as highly beneficial over conventional systems in these studies. Nevertheless, in the current reaction
system, a fundamental difference exists, which is related to two major obstacles in the combination of
membrane and micro-reactor. This includes the occurrence of liquid, which can prevent reasonable
hydrogen permeation through the membrane, and the difficult phase contact between the liquid
and the catalyst. A combination of the two process steps may be difficult but not inconceivable in
previously proposed micro-reactor arrangements. In our opinion, the easiest approach to reasonable
process intensification may be possible by a multi-stage dehydrogenation process with intermediate
separation of hydrogen by Pd-based membranes (see Figure 1) with also an intelligent microchannel
design fostering phase contacting presented in our current study. Overall, the multistage concept
is attractive in two aspects. The separation removes most of the gas for the consecutive reactor
stage in addition to its original function, which is the purification of hydrogen. Hydrogen removal
minimizes the negative influence of the gas phase on the residence time of the liquid in the reactor
part. Typical solutions to foster the conversion like an increase of the reaction temperature and
higher residence times can cause catalyst deactivation by coke formation on the catalysts’ surface area.
With the multi-stage approach, it may be possible to avoid the deactivation since, with an increasing
number of reactor stages, less LOHC per stage must be converted and dry-out of the catalyst surface is
less pronounced. A temperature stepping of the various reactors may further overcome the kinetic
inhibition by increased formation of unloaded LOHC. However, the separation only works under a
concentration gradient of hydrogen between the retentate and permeate side and, thus, the overall
system pressure must be increased compared to the conventional process. This leads to decreasing
equilibrium conversion.
An integrated system, not explored in this study, represents a virtually infinite number of
separation stages, which, at first sight, is much more advantageous. However, the previously
mentioned obstacle that the LOHC could at least partially wet the membrane surface area may
lead to a drop in the separation efficiency. Furthermore, it is also unknown how strongly gas and
liquid interact with each other in the microreactor and how much the residence times differ. Therefore,
the multi-stage concept is ideally suited for investigating these phenomena in more detail.
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According to our calculations with already applied membrane modules [16], considering the
relatively low concentrations of other components in the gas phase of a separation at low reaction
pressures (4–5 bar (a)) is feasible and the disadvantage of the shifted reaction equilibrium is, therefore,
acceptable. In this work, the micro-structured multi-stage reactor concept with intermediate hydrogen
separation (schematically shown in Figure 1) is modelled based on experimental data of the reactor
and membrane separator.
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Within each area, hexagonal arranged pins with a distance of 1.2 mm to each other are arranged for 
better heat flux and catalyst bed stabilization. In the cavity of this structure, catalyst particles of a size 
200 to 300 μm are distributed compactly to form a catalyst bed. Along the reactor length, in this case 
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cartridges and sealed between the individual components by flat graphite gaskets. 
   
(a)  (b) 
Figure 2. CAD schematic of  the radial  flow reactor:  (a) The microstructure  in detail  including  the 
space between the pins, which is filled with catalyst particles. The reactants are entering in the center 
and the reaction mixture flows from the inside to the outside and is removed in the form of a ring. (b) 
View of the reactor. A look inside is possible by using a glass plate pressed onto the structure. 
i r . c tic f t lti-st r c it i t r i t s r ti f r f r t
e y roge ation of liquid organic hydrogen carriers. Most of the produced hy rogen is removed from
the system after each reactor stage.
2. Materials and Methods
2.1. Radial Flow Reactor
A micro-structured radial flow reactor was developed for the challenging multiphase reaction.
A CAD scheme of the microstructure can be seen in Figure 2a. The reactants enter at the center of the
reaction chamber, flow out radially, and are collected in a ring. The microstructure is divided into
eight equally sized areas. The separating fins possess a curvature to avoid preferred fluid movement.
Within each area, hexagonal arranged pins with a distance of 1.2 mm to each other are arranged for
better heat flux and catalyst bed stabilization. In the cavity of this structure, catalyst particles of a
size 200 to 300 µm are distributed compactly to form a catalyst bed. Along the reactor length, in this
case the radius, the flow cross-section is continuously increasing. The reason for this is a reduction in
residence time due to the extreme formation of gas, which can be partly or completely compensated by
this shaping depending on the degree of dehydrogenation (DoDH). Figure 2b shows the reactor with
an integrated microstructure. The loaded LOHC is fed from below and then enters the microstructure.
The radially removed product mixture is collected and transported to one outlet on the side. A steel
plate above the microstructure can be replaced by a window, which makes an optical inspection of
the processes in the catalyst bed possible. The reactor is electrically heated via heating cartridges and
sealed between the individual components by flat graphite gaskets.
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Figure 2. CAD schematic of the radial flow reactor: (a) The microstructure in detail including the space
between the pins, which is filled with catalyst particles. The reactants are entering in the center and the
reaction mixture flows from the inside to the outside and is removed in the form of a ring. (b) View of
the reactor. A look inside is possible by using a glass plate pressed onto the structure.
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In the reactor model, it is assumed that the flow is approximately similar to that of a Plug
Flow Reactor (PFR). Thus, a 1-dimensional problem, referred to the radius as coordinate, is assumed.
A Tanks-in-Series model, which represents fluid-connected cylindrical rings as segments of the reactor
along the radius coordinate with at least 50 tanks, is applied for the description of the PFR. A program
flow chart can be seen in Figure 3. After defining the input parameters and setting the start values,
the program calculates the CSTR (Continuous stirred tank reactor) cascade. In each tank (CSTR),
the molar flows of the gas phase
.
NH2 and liquid phase
.
NL as well as the molar fractions xi are
determined. In a mixer, gas and liquid phase are summed up to molar fractions of zi and a flashbox
is applied to calculate a new gas-liquid distribution of all species for the next tank based on an ideal
gas law or with the modified UNIFAC model. Subsequently, it is checked whether the liquid phase is
already saturated with Hydrogen. If not especially at the inlet of the reactor, the generated hydrogen is
assumed to absorb until the saturation is exceeded and the free gas phase is formed. Physisorption of
hydrogen in the LOHC was taken into account by Henry’s law. In addition to the reactor geometry,
necessary substance data were also implemented [17–20]. The modelling was performed with the
software Matlab®and the equations were solved with the solver “fsolve”.
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The formation of hydrogen takes place under consecutive forming of double bonds at the catalyst
surface. Due to the unfavorable energetic conditions of many possible intermediates, only the
hydrogenation stages with fully hydrogenated/dehydrogenated C6-rings can experi entally be
deter ined as species (12 - BT, 6 - BT) [21]. In the BT reaction net ork, there are, thus, four
species considered, each with a large number of isomers. Due to the complexity of the reaction kinetics,
adsorption and desorption phenomena were neglected. Since a catalyst in egg-shell configuration is
used, only an external mass transport limitation can exist. Furthermore, due to the limited availability
of isomer data, it was further assumed that the isomers of the respective LOHC species are chemically
and physically identical. This results in three equilibrium reactions shown below.
18H − DBT
k1

k4
12H − DBT + 3H2 (1)
12H − DBT
k2

k5
6H − DBT + 3H2 (2)
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6H − DBT
k3

k6
0H − DBT + 3H2 (3)
The experiments were carried out under conditions where hydrogenation can be neglected
compared to dehydrogenation, i.e., at low conversion and far away from thermodynamic equilibrium.
k1  k4, k2  k5, k3  k6 (4)
For the experiments, an almost complete hydrogenated perhydro-dibenzyltoluene (hydrogenation
degree 96.1%, provided by Hydrogenious Technologies GmbH) was used as starting material.
This means that there is nearly exclusively 18H-DBT in the feedstock, which is why only the first
reaction was considered in the experiments (see Equation (1)). It was also taken care in the experiments
that 6H-DBT and 0H-DBT were below the quantification limit. Nevertheless, the determined
reaction constant k1 was used as the reaction constant of the other reactions in the model, i.e.,
the further simulation.
k1 = k2 = k3 = k (5)
To keep the conversion low, the catalyst bed was diluted with inert material to 25 wt%.
In summary of the kinetic assumptions including further a reaction order of n = 1, the following
simple rate expression results for all reaction steps.
ri = k · cni with ci =
xi,out · ρliquidLOHC,mix
M˜LOHC,mix
(6)
The reaction constant is described by the modified Arrhenius equation by applying a
reference temperature.
k = kT,re f · exp
(
−EA,R
R
·
(
1
T
− 1
Tre f
))
(7)
A total number of six reaction temperatures were experimentally investigated with each having
four different residence times, so that a total of 24 measured data points were generated. The degree of
dehydrogenation was determined by NMR spectroscopy [21]. A micro-ring gear pump was used to
adjust the modified mass-related residence time, according to the following equation by applying the
initial LOHC feed.
τmod =
mcat
.
mLOHC
(8)
2.2. Membrane Apparatus
A membrane module with 17 microchannels (width × depth × length: 500 µm × 300 µm × 4 cm),
which was described in detail in References [9,16], was used as separation device (see Figure 4).
The used PdAg membrane was produced by SINTEF/Oslo via magnetron sputtering and has a
thickness of approximately 10 µm. The membranes are produced by deposition on the perfect surface
of 6 inch silicon wafers from an alloyed Pd77Ag23 target. Subsequently, the film was removed from
the wafer, which allowed for the integration in a module [22].
In general, PdAg is more suitable for the LOHC application than pure palladium due to
lower operating temperatures (300–350 ◦C) and higher hydrogen permeation flux, which fit to the
dehydrogenation operating conditions. Microsieves from both sides were used to mechanically
stabilize the membrane. Based on the number of holes in the sieve, an effective membrane area of
1.5 cm2 was calculated. Good stability of these membranes has been reported several times in various
studies. However, long-term operation of these membranes under the load with DBT has not been
experimentally verified yet. This part will follow in further studies.
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The separation of hydrogen via Pd-based embranes is a multi-step mechanism. If the limiting
step is bulk diffusion in the Pd lattice, the flux can be escribed by combining Fick’s d Sieverts’ law
with a s are root dependence on the hydroge pressure.
.
FH2 = Π ·
(
p0.5H2,Ret − p0.5H2,Perm
)
(9)
Thus, the Flux is dependent on the permeance and the square root of the partial pressure gradient
of hydrogen between the permeate side and the retentate side. The permeance Π is defined as the
quotient of temperature-dependent and material specific permeability Q and membrane thickness s.
The temperature-dependency follows the Arrhenius expression below.
Π =
Q
s
=
Q0 · exp
(
− EA,MRT
)
s
(10)
The model reported in Reference [9] was used for fitting the experimental data and was used
to determine the activation energy and the pre-exponenti l factor. Experiments were nducted at
ambien hydrogen pressure on the permeate side (no sweep gas). To determine the permeance of the
PdAg-membrane, a temperature and pressure variation at a onstant hydrogen flow of 250 mL/min
was carried out.
2.3. Multi-Stage Reactor Concept with Intermediate Hydrogen Separation
For describing the sequenc of devices, both mathematical models wer linked ccording to th
connected fluid streams. Figure 1 shows an example of a three-stage process. The gas and liquid
phases are sep rated at the reactor outlet. The liquid product flow of stage n is f d directly into the
following reactor stage + 1. The gas p ase, on the other hand, only enters the membrane separation
module where it is separated from LOHC species in the gas phase. As a consequence, LOHC in the gas
phase condenses on the membrane during the separation and the associated partial pressure reduction
of the hydrogen. The condensed flow is also fed to the next reactor stage. To consider condensation
for volume contraction and partial pressure change, the membrane was divided into n sections and a
flash calculation (as described for the reactor simulation—ideal or by modified UNIFAC model) was
integrated, which is shown schematically in Figure 5.
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3. Results and Discussion
In this section, the experimental results are first discussed and then the multi-staged reactor
concept with intermediate separation of hydrogen is evaluated.
3.1. Determination of the Reaction Kinetics
Figure 6 shows the concentration curves as a function of the modified residence time. An almost
linear dependence can be seen for all temperatures. This is in agreement with expectations and shows
that the residence time of the liquid at low conversions is close to the hydrodynamic residence time.
The solid line indicates the degree of dehydrogenation of the feed stream due to incompleteness of
hydrogenation. Dehydrogenation degrees between 1% and 9% were achieved in the experiments,
which are low enough to be analyzed in a differential approach.
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Figure 6. Concentration of 18H-DBT as a function of residence time at six different temperatures
(300–350 ◦C) and 4 bar(a).
To determine the temperature dependency of the reaction, the logarithmic reaction rate was
plotted as a function of temperature (see Figure 7). The linear fit describes the measuring points with
satisfying quality, considering the complexity of the multiphase reaction system.
The following parameters could be determined from the fit.
EA,R = 156.8± 28.5 kJ/mol (11)
kT,re f = 2.637× 10−6 ± 0.307× 10−6 m3/
(
kgCats
)
(12)
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The model parameter can be compared to a study from the researchers at Erlangen [10]. They
operated a batch reactor to determine the kinetics of H18-DBT on the Pt catalyst similar to ours. Their
parameters were obtained from experiments with higher conversions. This allows determining
a reaction order, which was calculated in the range of 2. However, this result is then already
influenced by the back reactions as well as possible transfer-hydrogenations occurring between the
species. Thus, their reported activation energy and the pre-exponential factor consequently differ.
A value of EA,R of roughly 120 kJ/mol is calculated. Nevertheless, while higher conversions would
be required to investigate the actual wetting of the catalyst (see Section 3.3), back-reactions and
transfer-hydrogenations are influencing the results. More experiments will follow where a second or
third stage entry concentration will be fed to the reactor to detail the kinetics further.
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3.2. Membrane Characterization
The measured flux in the membrane device is plotted as a function of the difference between the
square roots of the hydrogen partial pressures (see Figure 8). The measuring points at constant
temperature follow the expected linear dependence. The Sieverts’ law can, therefore, describe
permeation. The slope of each trend line represents the permeance.
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If the logarithmus naturalis of permeance is plotted as a function of the reciprocal temperature,
as seen in Figure 9, the activation energy and the pre-exponential factor can also be determined. The fit
describes the measurement data with satisfying quality.Membranes 2018, 8, x FOR PEER REVIEW  9 of 13 
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Figure 9. Fitted Arrhenius-relation of the easured permeance at three different temperatures.
The following experimentally determined values were obtained, which seem to align to our
previous studies [9] including the literature review.
EA,M = 8.96± 0.44 kJ/mol (13)
Q0 = 2.06× 10−7 ± 0.05× 10−7 mol/
(
m · s · Pa0.5
)
(14)
3.3. Evaluation of the Multi-Stage Reactor Approach with Intermediate Hydrogen Separation
Based on the experime tally determined correlations, the results of the simulations with the
multi-stage reactor oncept with ntermedi te separation of hydrogen are presented in the following.
To describe the unknown influence of the gas phase on the residence time of the liquid and the
wetting of the catalyst a functional correlation between the effectively wetted catalyst mass and the real
residence time of the liquid phase was introduced via the correction factor α. For this correction factor,
a function was chosen, which correlates α to the void fraction of the liquid phase and the quotient of
liquid and gas residence time as an exponent of the void fraction.
me f fCat = α ·mCat (15)
α = ln
(
1 + εbL · (e− 1)
)
(16)
b =
τgas
τliq
(17)
As conversion increases, the liquid ph volume fraction εL decrease and, finally, the effectively
wetted catal st mass that can serve the active surface for de ydrogenation of the liquid species
decreases (see Figure 10). The chosen function allows us to describe the li iting cases. If gas and
liquid velocity are identical, the void fraction and α have an almost linear dependence α ≈ εL since
τgas ≈ τliq or b = 1. According to our first observations in the packed bed microreactor system, it seems
that part of the evolving gas phase can escape underneath the glass plate at much higher velocity and
εL can be greater than the expected value, which means that τgas → 0 i.e., high superficial velocity of
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the gas. This results in a much better case of α = 1. All intermediate conditions where τgas < τliq can
be controlled by using parameter b, the residence time proportion (IRTP) is shown in the figure below;
calculation according Equation (17).Membranes 2018, 8, x FOR P ER REVIEW    10 of 13 
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Figure 11. Simulation results (nCSTR = 100) of the multi‐staged approach with intermediate hydrogen 
separation carried out at 335 °C and 20 g/h feed: (a) overall DoDH with varying stage numbers at the 
i re 10. onstructed relationship between correction factor α and liquid void fraction εL t e
r i ti r rti .
on thes assumptions and the exp rimentally determin d data, simulations were performed
based on the g ometry of the investigat d lab scale single-foi reactor system. The results can b een
in Figur 11 for a fix d reaction temperature and feed flow. First, it was investigated how the number
of separation stages ffect the overall degree of dehyd ogenation (DoDH) with varying distribut on
of gas and liquid phases at a constant otal catalys m ss in the re ctor arrangement (see Figure 11a).
That means that a single reactor is compared to two, three, four and five reactors with half, third,
fourth, or fifth mass in each reactor, respectively. It can be seen that the DoDH can be increased
slightly by the increasing umber of intermediate separation (b = 0.1) if the residenc time of the gas
phas is hort while g od catalyst wetting is th co sequence. Under th se conditions, the membran
application is less valuab , i.e., does not provide reas nable advantage with re ard o costs and
sy em size. This could probably be improv d by l wering the total catalyst mass i.e., when a lower
total conversion is obtained. Nev rtheless, t longer the as remains or the less cataly t is wetted
due to similar residenc time of gas and liquid, the more the p ocess can be intensified (b = 0.5) via
the stepwise hydrogen separation. The DoDH can be pr ctically doubled with a five-st ge process.
If the DoDH is monitored ver this fi -s age process (see Figure 11b), it b comes clear that the DoDH
increases strongly independe t of the residence time distribution between the gas and the liquid
phase in both cases. With more effici nt dehydrogenation (b = 0.1), however, the DoDH per stage
(DoDH/stage) decreases fter th first stage while it r mains almost consta t t b = 0.5. This can be
explained by the inhibitio of the reaction by the resulting completely dehydrated dibenzyltoluen .
One major issue that needs to be resolved in the overall model is the possible reaction of gaseous
LOHC species on the dry region of the catalyst. This must be investigated in the future by separate
gas phase reaction experiments and inclusion in the overall model. Nevertheless, we believe that
the contribution will be small compared due to the low partial pressure of LOHC species in the gas
phase and compared to the surface coverage with liquid species. Thus, process intensification by the
multi-stage system will definitely remain dominant.
We further plan to extend the kinetics with the back reaction in the future. This is relevant when
the overall conversion increases towards thermodynamic equilibrium due to transfer hydrogenation
happening between the different hydrogenated intermediates of dibenzyltoluene. Under those
conditions, the reaction rate can drop quite considerably. Such effect would further argue in the
direction of even higher process intensification by the suggested multi-stage concept, i.e., when
Membranes 2018, 8, 112 11 of 13
technical and economical relevant conversion is desired. Therefore, differential conversion with the
first stage, which is a partially dehydrogenated product, are required to build up an even more complex
kinetic model. Lastly, it is planned to perform optimization simulations to larger scale dehydrogenation
systems based on the more detailed modeling.
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Figure 10. Constructed relationship between correction factor  𝛼  and liquid void fraction   𝜀௅  and the 
residence time proportion b. 
Based  on  these  assumptions  and  the  experimentally  determined  data,  simulations  were 
performed based on the geometry of the investigated lab scale single‐foil reactor system. The results 
can be seen in Figure 11 for a fixed reaction temperature and feed flow. First, it was investigated how 
the number of separation stages affects the overall degree of dehydrogenation (DoDH) with varying 
distribution of gas and liquid phases at a constant total catalyst mass in the reactor arrangement (see 
Figure 11a). That means that a single reactor is compared to two, three, four, and five reactors with 
half, third, fourth, or fifth mass in each reactor, respectively. It can be seen that the DoDH can be 
increased slightly by the increasing number of intermediate separations (b = 0.1) if the residence time 
of the gas phase is short while good catalyst wetting is the consequence. Under these conditions, the 
membrane application is less valuable,  i.e., does not provide reasonable advantage with regard to 
costs and system size. This could probably be improved by lowering the total catalyst mass i.e., when 
a lower total conversion is obtained. Nevertheless, the longer the gas remains or the less catalyst is 
wetted due to similar residence time of gas and liquid, the more the process can be intensified (b = 
0.5) via the stepwise hydrogen separation. The DoDH can be practically doubled with a five‐stage 
process. If the DoDH is monitored over this five‐stage process (see Figure 11b), it becomes clear that 
the DoDH increases strongly independent of the residence time distribution between the gas and the 
liquid ph se in both cases. With more efficie t dehydrogenation (b = 0.1), however, the DoDH per 
stage (DoDH/stage) decreases after the first stage while it rema ns almost constant at b = 0.5. This can 
be  explaine   by  the  inhibition  of  the  reaction  by  the  resulting  completel   dehydrated 
dibenzyltoluene. 
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Figure 11. Simulation results (nCSTR = 100) of the multi‐staged approach with intermediate hydrogen 
separation carried out at 335 °C and 20 g/h feed: (a) overall DoDH with varying stage numbers at the 
Figure 11. Simulation results (nCSTR = 100) of the multi-stage ith intermediate hydrogen
separation carried out at 335 ◦C and 20 g/h feed: (a) overall o it varying stage numbers at the
same overall catalyst mass for two different parameters b. (b) Overall DoDH and DoDH per stage for a
five-stage reactor concept.
4. Conclusions
In this work, a microstructured multi-stage reactor concept with intermediate separation of
hydrogen for the purpose of dehydrogenation of perhydro-dibenzyltoluene was investigated. First,
the kinetics for the reaction and the separation of the hydrogen were determined. The experimental data
were used to feed a developed model describing the multi-stage approach. Simulations were carried
out, which show that the described approach can drastically intensify the whole dehydrogenation
process in addition to the purification of the hydrogen especially under conditions where gas has
no superficial velocity. PdAg membranes are particularly suitable for use in this context due to
their relatively high permeance at a low operation temperature (300–350 ◦C). Back reaction and gas
phase reactions will be included in the model in future work to describe the promising effects toward
process intensification of the intermediate hydrogen separation. Moreover, long-term testing of a
lab model will further deliver data on stability, which will then be used to scale a plant for larger
throughput and to perform life cycle analysis (costing and environmental suitability) of the proposed
dehydrogenation system.
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